Introduction
This work is motivated by the need for inexpensive carboncapture technology for combustion-based power plants. Such power plants produce electricity by converting coal or natural gas to carbon dioxide (CO 2 ), which is normally vented as an 11%-12% component of flue gas that contains a balance of nitrogen and other minor components. Separating CO 2 from such a flue-gas mixture poses no special technical problems for the known absorption, pressure-swing adsorption (PSA), and membrane technologies. However, these technologies have a tendency to be expensive for two principal reasons: the hot flue gas is produced at low pressure and the separated component (CO 2 ) is highly dilute with an inert component (nitrogen).
This suggests a need for compression, which is very expensive, because one must compress the entire flue gas mixture with plenty of inert nitrogen in it, for example, to increase the CO 2 solubility in an amine or other solvent solution, to increase its sorption in pressure-swing adsorption (PSA), or to create a driving force for its transport across the membrane. All these absorption, adsorption, and membrane approaches have been well-documented (see, for example, the reported work of Herzog and Drake, 1 Mimura et al., 2 White et al., 3 and Aaron and Tsouris 4 ). The main directions of research aimed at future innovations are focused on developing novel CO 2 separation materials, such as ionic liquids, 5 ionic polymers, [6] [7] [8] and nanosilica and nanotube composites, [9] [10] [11] just to mention recent examples from our laboratory; however, this is an active field of research in many other laboratories.
One of the more popular research directions has been PSA using zeolite X13 and activated carbon, but only for sorption at elevated pressures (at least 2 bar). Zeolite 13X has higher capacity, but activated carbon is less expensive than zeolite and insensitive to moisture. [20] [21] [22] [23] [24] [25] [26] Its surface properties can vary considerably, but its approximate pure-CO 2 sorption capacity can be as high as 10 wt % and its carbon dioxide/nitrogen (CO 2 / N 2 ) selectivity is on the order of 10, at 1 bar and 25°C. [12] [13] [14] [15] Other types of carbonaceous sorbents, such as charcoal and coal, have been studied in a different CO 2 context; [16] [17] [18] [19] however, they have not been explored or proposed for carbon capture from flue gas yet. For example, in the context of displacing coal-bed methane with CO 2 , it has been shown that virgin coal has a higher capacity for CO 2 than it does for methane, 19 again, only at elevated pressures. However, there are no references to lowpressure flue-gas CO 2 sorption coupled with thermal regeneration.
Although a typical destination of the captured CO 2 is commonly envisioned to be some form of passive geologic storage or other storage type, this work is also motivated by a vision of utilizing the captured CO 2 to displace valuable oil and coal-bed methane stranded in mature reservoirs, as illustrated in Figure 1 , before storing it permanently in spent reservoirs. Such a CO 2 -driven displacement is referred to as enhanced oil recovery (EOR) and enhanced coal-bed methane recovery (ECBMR). The advantage of CO 2 -EOR over a conventional water displacement is that, generally, CO 2 is miscible with oil, which leads to a much higher oil recovery. The conventional coal-bed methane recovery calls for the release of massive quantities of environmentally objectionable water, to reduce the reservoir pressure that traps methane in coal seams. A CO 2 -ECBMR alternative is attractive because it can produce more methane in an environmentally sensitive manner, without much of the groundwater byproduct. Both CO 2 -EOR and CO 2 -ECBMR are examples of producing oil and methane energy that is not only "green" but also more plentiful and costeffective. However, both require a plentiful supply of "green" CO 2 from power plants, which hinges on new cost-effective capture technologies.
The goal of this work is to explore a low-pressure Carbon Filter Process technology (patent pending), that is, an inline flue-gas filter that captures CO 2 on a carbonaceous sorbent, and, specifically, to evaluate the capacity and CO 2 /N 2 selectivity of model activated carbon, model charcoal, and model virgin coal, to scale them up to a Carbon Filter Process that can be integrated with an existing or grassroots coal power plant, and to estimate the cost of recovered CO 2 , relative to the conventional monoethanolamine (MEA) technology. While such a Carbon Filter Process is likely to be multifunctional in that it can capture the non-carbon pollutants as well, the model flue gas used in this work consists of CO 2 and nitrogen only.
A Base-Case Flue Gas
Wyoming is blessed with rich deposits of coal that is commonly used to produce inexpensive electricity. Therefore, a small-to-average-sized Wyoming power plant is targeted for this work as an example to illustrate the carbon capture opportunities; however, the analysis and conclusions presented here are universally applicable tosand, in fact, explored fors any combustion-based power plant. A target plant should be located close to large oil-producing fields that can use CO 2 to displace more oil from their mature reservoirs. Also, for an easy reference and comparison, such a plant should produce about as much CO 2 as the very large natural-gas plant owned and operated by ExxonMobil in LaBarge, WY, which currently supplies the local EOR operators with CO 2 . Data for a Gillette power plant called Wyodak that meets these criteria are shown in Table 1 , along with data for other Wyoming power plants and their CO 2 production. The total CO 2 production from these power plants alone is ∼52 million tons of CO 2 per year, which corresponds to slightly more than 100 tons (∼225 000 lbs) per capita. The Wyodak flue gas is characterized in Table 2 .
Amine Absorption: A Reference for Technical and Economic Approximations
The amine absorption process shown in Figure 2 is known to be effective for separating CO 2 from mixtures of natural gas and flue gas, 3, 27 and, hence, it is used in this work as a point of reference for alternative CO 2 separation processes. In this benchmark process, the feed is the Wyodak flue-gas mixture characterized in Table 1 and the solvent is a weakly basic aqueous monoethanolamine (MEA) solution. While the CO 2 -containing flue gas counter-currently contacts the MEA solution in an absorber vessel at ∼40-60°C, CO 2 weakly bonds to the MEA amine, while the other gas components flow through the Figure 1 . Vision of carbon capture (in a separator) from a coal-or gas-fired power plant for utilization in enhanced oil recovery (EOR) or enhanced coal-bed methane recovery (ECBMR) and storage in spent oil and gas reservoirs and saline aquifers. solution without retention, which is the basis for the CO 2 selectivity. The CO 2 -rich bottoms stream is heated to 100-140°C to break the CO 2 -amine bond and, hence, release CO 2 in a stripper column. The CO 2 -lean bottoms stream from the stripper column is cooled before it is recycled to the absorber. The goal of this separation is a minimum of 90% of the CO 2 in the overhead stream from the stripper column and a minimum of 90% recovery (no more than 10% of CO 2 originally present in the flue gas is vented with the absorber overhead stream).
First-pass technical and economic approximations for this and all other process examples cited in this work are consistent with those reported in one of the subsequent sections. No attempt is made to optimize the process with the most-accurate data, because the purpose is to develop approximate but selfconsistent cases that can be compared to the benchmark amine process. For such preliminary approximations, the cost of recovered CO 2 using the MEA process shown in Figure 2 is approximately $47/ton, before compression, which is slightly higher than, but in realistic agreement with, the commonly quoted data ($40-$50/ton of compressed CO 2 ) for an optimized MEA process. As usual, the cost of steam to heat the solvent is the most significant operating cost. Despite the amine volatility losses and its corrosiveness, this is a convenient benchmark for comparing alternative processes, because it is well-established and it continues to be a subject of extensive research. 28, 29 
Ionic Liquid Absorption is Slow
One of the early leads in this work was CO 2 absorption in ionic liquids, which are known to be selective for CO 2 . However, the CO 2 sorption and desorption rates were observed to be very low in the ionic liquids studied in this work. 6 Therefore, the ionic liquid absorption option has been abandoned. Instead, polymerized ionic liquids have been determined to be more attractive as solid materials for CO 2 membranes and sorbents, as documented in other papers. 7, 8 
Pressure-Induced Transport is Expensive for Membranes
An example of a CO 2 -philic membrane-based alternative is shown in Figure 3 , where the CO 2 driving force is due to a pressure difference between the permeate (ambient) and retentate (107 psi). From among the many membrane materials that are known to be selective for CO 2 , relative to nitrogen, a recently synthesized membrane that was made of brominated poly-(phenylene oxide) (BPPO) impregnated with 30 wt % of 10-nm silica, is selected, because its permeability (∼800 barrer) and its CO 2 /N 2 selectivity (∼23) place it above the Robeson line, as demonstrated by Hu et al. 11 This system can recover at least 90% of the CO 2 with a purity of 90%; however, it is costly.
There could be more-selective and more-permeable membranes, and perhaps more-efficient CO 2 -permeation driving forces that minimize the need for compression. 58 However, this simple example highlights and illustrates the basic challenges for any CO 2 -philic membrane system applicable to a flue gas, which are the need for multiple stages, the cost of compressing a large quantity of CO 2 -lean feed and permeate streams, and the cost of the membrane material. Because no firm basis for estimating the cost of the BPPO nanocomposite is available at this time, the cost of recovered CO 2 is not reported here, except to say that, even for optimistic material cost assumptions, this cost is much higher than that of CO 2 from the amine process.
Zeolite Sorbents: Heat of Sorption, Moisture Sensitivity, and Material and Pressure Costs
An example of a zeolite-13X PSA process 13 is evaluated in this work for the Wyodak flue gas, again, without any attempt to optimize it, except to select preliminary conditions that make the recovery and purity targets technically feasible. A simplified diagram of PSA fixed-bed vessels alternating between the sorption and desorption modes is shown in Figure 4 . In a firstpass economic evaluation, the sorption and desorption steps are assumed to be approximately isothermal, even though the CO 2 heat of sorption on zeolite is substantial enough to cause the sorption temperature to increase (as much as 50°C or more). 30 It has been reported that the heat of CO 2 adsorption on zeolite is ∼30 kJ/mol, 56 which is ∼10 times higher than that on activated carbon (∼3 kJ/mol) 35 at the same temperature 25°C and pressure 1 bar. Another drawback of the zeolite sorbent is its moisture sensitivity, which requires much higher (say, over 300°C) drying temperatures than the minimum temperatures needed to remove CO 2 alone, which means extra recovery costs.
However, ignoring these drawbacks in a first-pass economic evaluation leads to a cost of recovered CO 2 that is approximately $70/ton, which is less than the membrane-recovered CO 2 , but is ∼40% more than the amine benchmark cost. The need to dry the zeolite will increase this cost. The main cost components are the steam cost, the compression cost, and the zeolite cost ($33/lb). 27 A less-expensive sorbent, such as activated carbon (for example, $1-$2/lb), 59 can reduce the material cost, but . Schematic of zeolite 13X pressure swing adsorption (PSA); the sorption and desorption temperatures assumed to be near ambient and constant (although, in reality, the temperature is likely to increase during sorption, because of the high heat of CO2 sorption on zeolite). 30, 31 compression will still be required, if it is used in a PSA mode. 31 Therefore, a PSA route is not evaluated further in this work.
Carbonaceous Sorbents: CO 2 -Selective but Moisture Insensitive and Easy to Regenerate
Based on the amine, membrane, and PSA separations previously outlined, although there is room for improvement and plenty of work in progress, a preliminary conclusion is to explore alternative flue-gas carbon-capture approaches that require no upstream compression and utilize a low-cost CO 2 -selective sorbent that is easy to regenerate. Ideally, such a sorbent should be relatively insensitive to moisture, but selective to other flue-gas pollutants, such as NO x , SO x , mercury, and arsenic, which would allow for a multifunctional sorbent. Some but not all carbon-rich (carbonaceous) materials, such as activated carbon, charcoal, other coal pyrolysis-derived materials, or even virgin coal, can satisfy these requirements 48-55 and, hence, become the focus of this work.
Four preliminary model carbon-rich materials have been selected for this study: Activated Carbon 1 and 2 (denoted as AC1 and AC2, respectively), Charcoal, and virgin bituminous coal (denoted as Coal). Their average particle diameter is ∼2 mm, except for AC1 (which is 1.6 mm), which is acceptable for the laboratory tests, but will have to be adjusted for commercial applications, to minimize the pressure drop due to a blower-induced flow of flue gas. Their surface properties and apparent densities are given in Table 3 ; materials for specific scale-up applications will have customized properties.
A Micromeritics Tristar instrument is used to characterize the Brunauer-Emmett-Teller (BET) surface area, and the Barrett-Joyner-Halenda (BJH) theory is used to characterize the pore volume and size.
The bulk prices of these materials may vary widely, but, for this study, we conservatively estimate an approximate cost to be $1500/ton for AC1 and AC2, $200/ton for Charcoal, and $40/ton for Coal.
Sorption Capacity, Selectivity, Rate, and Thermal Stability
A Rubotherm magnetic-suspension balance (MSB), rated up to 500 bar and 150°C, is used to measure the CO 2 and nitrogen sorption in these carbonaceous sorbents. The MSB consists of a sorption chamber that is used to expose the sample to a gas at elevated temperatures and pressures, and a microbalance, which is isolated from the sample and exists under ambient conditions. An electromagnet connected to the microbalance is adjusted so that a permanent magnet connected to a rod-basket assembly and located within the sorption chamber is kept suspended. Thus, the microbalance measures a weight that is proportional to the electromagnetic force, which keeps the rodbasket assembly in suspension. A detailed description of the MSB procedure used in this work was reported elsewhere. 32 In brief, the MSB chamber shown in Figure 5 is flooded with CO 2 from a gas cylinder, which passes through two columns filled with phosphorus peroxide (P 2 O 5 ). Its pressure is controlled with a cylinder regulator at low pressures (e30 bar) or with a syringe pump (Isco, model 260D) at high pressures (>30 bar). After closing the sorption chamber the sorbent is degassed by evacuating the sorption chamber at 10 -2 Torr until the weight measured by the microbalance remains unchanged over time. A heating circulator (Julabo, model F26ME) is used to control the temperature of the chamber, which is measured with a calibrated platinum resistance thermometer to an accuracy of (0.5°C. The mass of the sorbed CO 2 is determined from the increase of the electromagnetic force needed to maintain the sample in suspension. Eventually, when the sorbent reaches its sorption capacity, the weight of the sample stops increasing. Both the equilibrium sorption capacity and the sorption as a function of time are recorded.
The equilibrium sorption capacity results are tabulated in Appendix 1 and summarized in Figure 6 at four constant temperaturess25, 75, 110, and 130°Csas a function of pressure, up to 10 bar. As expected, the sorption capacity increases as the pressure increases and the temperature decreases. The activated carbon capacity is somewhat higher than that of Charcoal, and much higher than that of coal, which correlates with the surface area and the degree and type of activation. For example, the acid-treated AC2 has a lower CO 2 sorption capacity than AC1 that has not been chemically modified and, hence, its surface should be neutral.
A more interesting trend emerges based on an ideal CO 2 /N 2 sorption selectivity (defined here as the ratio of the purecomponent sorption capacities), shown at 25°C in Figure 7 : increasing pressure substantially decreases the selectivity (it increases the nitrogen capacity to a far greater extent than it does the CO 2 capacity), which points to a low-pressure sorption advantage.
All carbonaceous materials studied in this work exhibit a rapid sorption rate. A representative sample for AC2 and Charcoal at 25°C is shown in Figure 8 . The small negative peak on the right-hand side is an equipment gas-injection artifact. A typical time needed to nearly saturate these materials with CO 2 , to reach a point where the weight curves shown in Figure 8 start approaching an asymptote, is ∼3 min at 25°C. This time increases as the temperature increases to ∼5-10 min at 75°C and ∼10-12 min at 110°C, with Charcoal being on the low side and AC being on the high side. As usual, it takes more time (at least 10 more minutes at lower temperatures) to reach complete saturation (toward the right-hand side of the sample charts in Figure 8 ). Generally, these results suggest short sorption cycles at low temperatures. One needs to remember that these data are for pure-component sorption, which will need to be verified with multicomponent sorption data. Also, desorption times were not determined accurately in this work; they should be comparable to the sorption times, and they are being evaluated along with multicomponent sorption breakthrough in a scale-up stage of this project.
The CO 2 sorption is found to be reproducibly reversible, which suggests a good stability and easy desorption. As shown in the upper part of Figure 9 , 20 temperature cycles for AC1 and 5 temperature cycles for Charcoal between 25°C and 130°C
do not seem to affect the sorption capacity much (typically within a 0.2 wt % band). The bottom part of Figure 9 shows an example of the complete equilibration time for AC1 and Charcoal. Although no special attempt was made to measure it very accurately, it stays within a 2-min band upon cycling.
The 12% CO 2 -in-N 2 mixed-gas capacity was determined to be approximately one-fifth of the pure-CO 2 capacity (for example, ∼2.0 wt % for AC1 and ∼1.3 wt % for Charcoal). A more-complete account of the mixed-gas capacity and sorbate composition characterization is provided in the work by Krutkramelis et al. 60 In summary, the sorption capacity data discussed in this section suggest a sorption step near ambient temperature and a desorption step at (below or above) 100-130°C. The selectivity data suggest a low-pressure sorption step. The preliminary rate data suggest short sorption cycles. To evaluate such a lowpressure carbonaceous-sorbent carbon-capture filter (Carbon Filter for short), AC1 and Charcoal sorbents will be used as examples. These will be preliminary examples without an attempt to screen and optimize the sorbent and process conditions.
Carbon Filter Design Assumptions and Approximations
In all process cases in this work, the nominal CO 2 recovery target is 90% and its purity target is 90%, but both can be increased or decreased later, when subjected to process optimization. In a first-pass approximation of the flue gas described in Table 2 , the Carbon Filter flue-gas feed is assumed to contain 12% CO 2 sorption capacity has been confirmed in this work for AC1 and has been determined to be as low as that of nitrogen, that is, ∼1 wt % at 25°C and 1 bar, which suggests that the CO 2 / oxygen selectivity should be similar to the CO 2 /nitrogen selectivity. Unless removed upstream of the Carbon Filter, which may be the case for existing power plants, SO x , NO x , and mercury were reported to have a high affinity for the activated carbon 48-55 and, hence, are expected to be sorbed with CO 2 , as explained in another section of this work.
The sorption temperature of ∼25°C is assumed not to change much during the sorption cycle, because the CO 2 heat of sorption is on the low side. 31 The sorption time is set at 2 min, the sorbent regeneration is set at 100°C, using direct-steam 34 desorption for 2 min, based on preliminary breakthrough data taken in our laboratory. 60 These stage times are subject to adjustment to account for specific material and application requirements and constraints. The cooling-air stage time is also set at 2 min, which makes the total cycle time for this preliminary example 6 min. The reason that the heating stage can be so short is that it is accomplished directly, with hot steam flowing through and in a direct contact with the sorbent bed. By contrast, the indirect heating times would be much longer. However, the real aircooling time can and likely will be longer, and, therefore, is a subject of current and future work. Without any attempt to optimize the vessel size, a cylindrical module is selected based on ref 40 (as explained in the Appendices, for example, 3.5 m in diameter and 2.0 m in length). For the sorption-desorptioncooling cycle described above, this results in 189 alternating vessels, 63 of which are in a sorption mode, 63 are in a desorption mode, and 63 are in an air-cooling mode. This is just a preliminary example, with plenty of room for improvement by optimizing the vessel configuration, which is the subject of another project.
Because the carbonaceous sorbents selected for this work are known to be stable (that is, their capacity does not change much over time 38 ), it is assumed that no sorbent replacement is required within 10 years. However, relaxing this assumption, for example, by replacing the sorbent more often, does not impact the cost of recovered CO 2 too much. Among other design assumptions, the sorbent void fraction is estimated to be 0.39, 36,37 and the blower efficiency is set to be 75%. 40 Among economic approximations, the interest rate is 15%, the electricity cost is $0.07/kWh, the steam cost is $7/ton (or $3.2/MMBTU), 41 and the annual maintenance and repair cost is 7% of the fixed capital investment (FCI). 41 The manpower cost is a relatively minor component of the operating costs, and, hence, it is assumed to be approximately $1.5 million per year. This and the other first-pass assumptions and approximations should be verified at the next evaluation stage of the most promising process routes.
The first-pass Carbon Filter Process evaluation results are presented below for a vacuum regeneration case and a steam regeneration case, both before heat integration with the power plant and CO 2 compression. The best case will subsequently be revised to account for power-plant integration savings and CO 2 compression costs.
Vacuum Regeneration Comparable to the Benchmark
A simplified process diagram for the Carbon Filter Process with vacuum regeneration is shown in Figure 10 . Flue gas at ∼85°C is cooled to ∼25°C with water before it is fed with a blower to the sorption unit. After the sorbent is almost saturated with CO 2 for ∼2 min, this unit switches to a 2 min regeneration cycle under vacuum, and then it alternates between the sorption and vacuum stages at ambient temperature. The major cost items are associated with the vacuum pump. The total cost of the recovered CO 2 is approximately $37/ton, which is comparable to that of the amine benchmark case. (Our more-recent data suggest that this preliminary estimate can be off and, hence, requires future work.)
Thermal Regeneration with Steam or Hot CO 2 is Better than the Benchmark
An isobaric process with direct-steam or hot-CO 2 regeneration is shown in Figure 11 . Both sorption and desorption occur at ambient pressure. The feeding section and the sorption cycle are the same as those in the previous case. Instead of vacuum regeneration, however, the saturated sorbent bed switches to a steam heating cycle and then to an air-cooling cycle to bring the bed temperature to near-ambient temperature. As explained in the Cost Example below and in the Appendix, the major cost items are steam and electricity, and the total cost of the recovered CO 2 is approximately $20/ton for AC1, which is much less than that for the amine benchmark.
Hot-CO 2 Regeneration Option
A hot-CO 2 regeneration option has also been studied and evaluated in this work, because it can eliminate the need for steam and, hence, for separating CO 2 from condensed water. However, this option requires more work and, therefore, is not described in detail here. Table 4 illustrates the capital and annual operating costs for the steam example. The cost of recovered CO 2 is estimated at ambient pressure, prior to compression.
Cost Example
Although a specific sorbent selection will likely be dependent on a more-detailed process optimization, including integration with the power plant, the AC1 sorbent is selected for further evaluation in this work, because it results in the lowest cost of recovered CO 2 ($20/ton, ∼60% lower than the benchmark cost).
If a specific sorbent prevents a target CO 2 purity from being obtained, two sorption stages may be needed. Such two-stage cases have been analyzed in this work; however, they are not reported here. Figure 12 illustrates a typical schematic flow diagram of a generic power plant 42, 43 with at least three potential sources of thermal energy for the sorbent regeneration:
G Power Plant Integration Can Reduce CO 2 Costs
(1) Effluent of the de-NO x reactor has a rate of ∼488 m 3 /s (STP) 27 and a temperature of ∼330°C. 44 (2) Bottom ash. Coal contains ∼5% of ash, of which 80% goes upward as fly ash and 20% goes downward as bottom ash. The bottom ash temperature is ∼1000°C. 44 The Wyodak plant consumes ∼6000 tons of coal per day, 27 which translates to ∼60 tons of bottom ash per day.
(3) Low-pressure (LP) turbine steam at ∼200°C. For example, assuming that a 500 MW power plant produces LP steam of ∼100 000 kJ/s, 45 a 335 MW power plant such as the Wyodak facility will produce ∼67 000 kJ/s of LP steam. When multiplied by a heat exchange efficiency (for example, 80%), this energy is equal to mCp∆T, from which one can calculate the amount of sorbent (m) that can be heated with this steam, for example, for a ∆T value of 75°C (from 25°C to 100°C) and for a given heat capacity Cp (to a crude approximation, 1 kJ/(kg°C)). 57 Some of these heat sources may not be available if they are tied up in exchanging heat with combustion air. If at least some are available to provide the entire heat for the sorbent regeneration, however unlikely, the cost of recovered CO 2 can be reduced substantially.
Compression and Potential Carbon Credits Will Impact Electricity Costs
The low-pressure CO 2 cost previously estimated must be corrected for compression to make CO 2 ready for transport. The compression cost, from ambient to a pipeline pressure (e.g., 2000 psi) is estimated 47 to add $6-8/ton CO 2 ($7/ton in this work). Therefore, the total cost of compressed, pipeline-ready CO 2 for a power-plant integrated AC1 case should be approximately $27/ ton CO 2 .
Adding a carbon capture unit to a power plant will affect the electricity cost and, hence, the profitability. For the AC1 case discussed in the previous section, an approximate electricity cost change is plotted, relative to carbon capture credits, in Figure  13 . This figure neglects the pipeline and storage fees, if any. The solid line represents the low-pressure CO 2 , and the dashed line represents the 2000 psi CO 2 .
The electricity cost change (expressed as a percentage) is calculated as follows:
where, for the Wyodak example, the CO 2 emission rate is ∼3.5 million tons per year, the CO 2 recovery is 90%, the CO 2 purity is 90%, the plant capacity is 335 MW, the number of operation hours per year is 8760, and the electricity selling price is assumed to be $0.07/kWh.
For a "green" electricity producer who captures CO 2 , examples of credits (the last term in the numerator of the expression previously described) are savings due to reduced severance taxes (if any), savings due to reduced or eliminated change in electricity cost (%) ) CO 2 emission rate × recovery × purity × (capture cost -credits) Power plant capacity × 8760 × electricity selling price × 100 H carbon taxes (if any), and income from selling CO 2 , for example, to EOR and ECBMR operators. For example, if the power plant can reduce its coal severance tax from $6/ton to $4/ton of coal for reduced CO 2 emissions, it will save approximately $4/ton of captured and stored CO 2 . A future carbon tax may augment these savings, for example, by approximately $30/ton (unknown at this time). The CO 2 price that EOR operators pay varies widely (e.g., from $4/ton to $40/ton). 46 If a "green" power plant can sell CO 2 to an EOR buyer and gain, for example, $10/ton after the corporate profits tax and other adjustments, its hypothetical total credits will be as high as $44/ton (comprised of a $4 severance tax reduction, a $30 carbon tax reduction, and a $10 sales credit). This total is unknown, because we do not know at this time how sales may affect tax reductions, if at all. However it goes, Figure 13 allows one to estimate the electricity percent change as a function of credits. For example, credits of $30/ton can effectively reduce the electricity cost by 10%, credits of $20/ton can leave the electricity cost unchanged, and zero credits can increase the electricity cost by ∼30%; however, these estimates can vary substantially from case to case. Hypothetically, however unlikely, if our Wyodak case achieves total credits of $30/ton of CO 2 and maintains the current electricity rates unchanged, its incremental after-tax profits will increase by approximately $105 000 000/yr. Assuming the same credits for all Wyoming plants in Table 1 , if they somewhat unrealistically can capture and sell ∼50 × 10 6 tons of CO 2 per year, a total incremental gain will be of the order of $1.5 billion/yr. One must stress that these are hypothetical examples that may not apply to real situations. However, they do illustrate the magnitude of economic opportunities if the carbon capture cost alone can be reduced substantially, relative to the conventional amine technology.
This report documents work in progress. The current projects are aimed at understanding sorption from model flue-gas mixtures and at scale-up data for specific retrofit and grassroots applications. The technology status (patent pending) 61 and licensing information can be obtained from the corresponding author.
Conclusion
A low-pressure Carbon Filter Process proposed to capture carbon dioxide (CO 2 ) from flue gas is filled with a low-cost carbonaceous sorbent, such as activated carbon, that has a high capacity to retain CO 2 but not nitrogen (N 2 ), which means a high CO 2 /N 2 selectivity. The Carbon Filter Process proposed in this work can recover at least 90% of the flue-gas CO 2 of 90% purity at a fraction of the cost normally associated with the conventional amine absorption process. The Carbon Filter Process can produce low-cost CO 2 , because it requires neither expensive materials nor expensive flue gas compression, and it is easy to heat integrate with an existing power plant or a grassroots plant without affecting the cost of the produced electricity too much. An abundant supply of low-cost CO 2 is good news for enhanced oil recovery (EOR) and enhanced coalbed methane recovery (ECBMR) operators, because it can lead to more oil and gas produced in an environmentally sensitive manner.
Appendix A. Sorption Capacity for CO 2 and N 2
The sorption capacity and selectivity for CO 2 and N 2 are given in Table A1 .
Appendix B. Example of the Design Approximations for a Model Sorbent (AC1)
The design approximations used to generate the AC1 steam example in Table 4 can be illustrated as follows.
(1) Select preliminary input data:
(2) Calculate:
This superficial velocity will be used to estimate the pressure drop in step 3. If the pressure drop is too high, one can reduce where ∆P is the pressure drop (in Pascals), ν the superficial velocity (which is set to be 0.78 m/s), the bed void fraction (which is assumed to be 0.39), F the flue gas density (which is assumed to be 1 kg/m 3 ), D p the sorbent particle diameter (0.004 m in this case), ∆L the length (in meters), and N Re the Reynolds number. Here, the Reynolds number is defined as where µ is the flue gas viscosity (which is assumed to be 0.000018 Pa s). For the example in this section, the pressure drop across the sorbent bed is estimated to be of the order of 1 psi, and, hence, the blower capacity is conservatively selected to be 3 psi. If the actual pressure drop is too high, one can, for example, increase the sorbent particle diameter. As illustrated in Figure B1 , however, increasing the particle size beyond 4 mm will produce a moderate decrease in the pressure drop.
(4) Determine the type, size, and power of the blowers and vacuum pumps, using information taken from ref 41 (p 527):
where P is power (in kilowatts), P 1 is the inlet pressure and P 2 is the outlet pressure (both given in units of kPa), V 1 is the flow rate of gas (given in units of m 3 /h), k is the ratio of specific heat (k ) C p /C V , where C p and C V are the heat capacity at constant pressure and volume, respectively; k ) 1.4 kJ/(kg K) for air, 1.3 kJ/(kg K) for CO 2 ). The blower or vacuum pump power efficiency is 75%. Therefore, the power used for economic analysis is equal to 1.25P. A high-pressure centrifugal blower is selected. The temperature change for such blowers is negligible. For vacuum pumps, it can be larger. The following equation is used to estimate the temperature increase across the pump (taken from ref 41, p 527):
(5) Use ASPEN Plus to determine the type and size of heat exchangers. The temperature difference between "hot out" and "cold in" is assumed to be 10°C. Multiple-pipe heat exchangers are selected. Table B1 is (1 -)µ
(k-1)/k (6) Determine the steam amount and the cost of sorbent regeneration. The energy required for sorbent regeneration is defined as where m is the mass of sorbent (in kilograms), C p the specific heat of sorbent (given in units of kJ/(kg K)), and ∆T the temperature difference (in Celsius degrees). The low-level steam enthalpy is set to be ∼2100 kJ/kg (see ref 36 , p 858). The steam price is assumed to be $7/ton or $3.2/MMBTU (using data taken from ref 41, p 266) . Because the sorption bed can be insulated, 90% of the steam energy is assumed to be utilized to heat the sorbent.
(7) Determine the capital cost and operating cost. The cost of compressors and blowers is taken from ref 41 , pp 531-535, as is the cost of the heat exchangers (pp 681-692). After the equipment cost is calculated, the fixed capital investment and total capital costs are estimated and reported in Table B1 , with additional data from ref 41 (p 251) . With the total capital and operating cost being available, a break-even point is calculated to obtain the price of recovered CO 2 . The cash flow and the net present value (NPV) are calculated as shown in Table B2 for an interest rate of 15%. The total NPV is set equal to zero in the "Goal Seek" function by changing the cell that contains the CO 2 price.
